The influence of gas density on total external liquid hold-up, pressure drop and gas-liquid interfacial area, under trickle-flow conditions, and the transition to pulse flow have been investigated with nitrogen or helium as the gas phase up to 7.5 MPa. It is concluded that the hydrodynamics depends on the gas density and not on the reactor pressure. At higher gas densities, the operating region for trickle flow becomes larger while the gas-liquid interfacial area increases only slightly. Pressure gradient and liquid hold-up are considerably affected by gas density and correlations have been derived for these parameters.
Introduction
In the gas-liquid trickle-bed reactor, the liquid phase always flows downward through the packed bed, whereas the gas phase can flow either upward or downward. The countercurrent operation is often preferred for physical absorption and desorption processes. In this case, flooding can occur, in contrast to the cocurrent downflow operation where there are no limitations to the gas and liquid throughputs. The cocurrent trickle-flow reactor is used for processes in which a gaseous component is removed by a chemical reaction in the liquid phase, as in chemical absorption processes, or by heterogeneously catalyzed reactions. The cocurrent gas-liquid catalytic trickle-bed reactor is widely applied in the petrochemical and chemical industries, mostly for hydrogenation and oxidation reactions, e.g. in catalytic hydrotreating or oxidative waste water treatment. The commercial cocurrent trickle-bed reactors normally operate adiabatically and with superficial gas and liquid velocities of up to 30 cm/s and 0.8 cm/s, respectively. To increase the concentration of the gaseous reactant in the liquid phase, nearly all commercial processes are performed at elevated pressures of up to between 20 and 30 MPa.
A large amount of research has been published on various hydrodynamic aspects, such as liquid hold-up, pressure drop, flow regime transitions, liquid phase residence time distribution, catalyst wetting and gas-liquid and liquid-solid mass transfer. It can be concluded from these studies that hydrodynamic phenomena are influenced by the superficial gas This paper presents the results of experimental study on the influence of pressure on the total external liquid hold-up, i.e. the liquid hold-up in the void volume between catalyst particles, pressure drop, flow regime transitions and gas-liquid interfacial areas per unit volume in the cocurrent gas-liquid trickle-bed reactor.
The experimental study was performed with non-foaming systems at operating pressures of up to 7.5 MPa and with gas and liquid velocities, comparable to industrial conditions. Apart from the variation of reactor pressure, two gases of different molar masses, nitrogen and helium, were used to vary the gas density. In cocurrent catalytic trickle-bed reactors, relatively small packing particles, typically of d, < 4 mm, are used, mostly with spherical or cylindrical geometry. Our investigations were carried out in a packed bed of non-porous 3k0.5 mm glass spheres or of porous 3.2 x 3.2 mm alumina cylinders. Literature data mostly refer to water and air under atmospheric conditions. The hydrodynamic studies were performed with demineralized water as well as with ethanol, which has a low gas-liquid surface tension, and also with viscous aqueous ethylene glycol (ETG) solution. The gas-liquid interfacial areas per unit volume were determined via chemically enhanced absorption of carbon dioxide in an aqueous amine solution or in viscous aqueous ethylene glycol. Nitrogen was used as the carrier gas for these absorption experiments.
Experimental Set-up and Procedures
and liquid velocities, the type of packing and the physical procharts, correlations and model equations are available for use in design calculations. However, it should be realized that all the studies published on hydrodynamics have been performed only under atmospheric conditions. Since most industrial trickle-bed applications occur at elevated pressures, knowledge of possible effects of reactor pressure on hydrodynamics is indispensable.
perties of the liquid phase. Many empirical relationships, flow Here, we provide Only a brief description of the set-llp and methods. More details can be found in Wammes et al. 11, 21.
Gas-liquid interfacia' Area
The gas-liquid interfacial area was determined by a chemical method. A gas phase component A was absorbed into a liquid phase, where it reacted irreversibly with a liquid phase component B. We used the reaction between C 0 2 and diethanolamine (DEA), The reaction order with respect to (-0, is unity whereas, with respect to D E~, the order is between one and transport from the liquid bulk to the interface. The Hatta number Ha can be adjusted by choosing the type of amine and its concentration as well as the maximum enhancement factor ECo2,, by the concentration of carbon dioxide in the gas phase. If gas phase mass transfer resistance exerts no influence, the absorption flux is described by" (see Westerterp et al. [4] ).
The gas phase in a trickle-flow reactor can be assumed to be in plug flow and of constant density and velocity. Thus, the mass balance for carbon dioxide about a differential volume element becomes Substitution of Eq.
(1) into Eq. ( 2 ) and integration of Eq. ( 2 ) over the reactor length, under the condition of a constant Hatta number, results in the following relationship between the gasliquid interfacial area per unit volume agl and the overall gas phase conversion of carbon dioxide
In our experiments, the amine conversion was always less than 12 % , so that the Hatta number remained approximately constant. The interfacial areas were reproducible with an accuracy of 15 % . The physical properties and kinetic data of the systems at 298 K, as used in this study, were taken from Oyevaar et al.
[5 -71 and are listed in Table 1 . A small amount of an antifoam agent was added to the aqueous 2M DEA-solution. Fig. 1 shows a simplified flow diagram of the installation. The trickle-bed reactor, which had an inner diameter of 51 111111, was maintained at 298 K. The packed bed was 0.53 m high and had overall porosities of 0.43 and 0.39 for the cylindrical and the spherical packings, respectively. The maximum superficial gas and liquid velocities, based on the empty reactor cross-section, were 0.25 m/s and 12 mm/s, respectively. To reduce gas consumption, the gas phase was recycled in the installation and a mixture of carbon dioxide in nitrogen was added continuously and mixed with the recycle gas. Near the reactor inlet and just 
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List of symbols at the end of the paper below the packing at the bottom of the column, the gas phase was sampled continuously in order to measure the carbon dioxide content. A backpressure regulator maintained the pressure in the plant at the desired value.
Flow-regime Transition, Liquid Hold-up and Pressure Drop
The experimental set-up, used for the determination of the flow regime transition, the total external liquid hold-up and the pressure drop, is basically the same as that shown in Fig. 1 Physical properties of the fluids used in this study are listed in Table 2 .
The draining method was used to determine the total external liquid hold-up. The total hold-up is the sum of the dynamic hold-up, which drains from the column, and the residual holdup remaining inside the packed bed. The residual hold-up is independent of gas and liquid flow, see Shulman et al. [8] , and we assumed that it is also independent of reactor pressure. Data of the dynamic and residual hold-ups are reproducible within a relative error of 5 and 10%, respectively.
The pressure drop over the bed was determined via a differential pressure transmitter with the high pressure end connected to reactor wall at 20 cm below the top of the bed, in order to avoid entrance effects.
The transition between trickle and pulse flow was observed visually in the transparent middle section of the column.
Gas density and velocity values are based on entrance conditions because the pressure gradients are small in comparison to the average absolute reactor pressure. It is known from literature, see for example Sai and Varma [lo] , that the flow-regime boundary depends on the superficial gas and liquid velocities, the physical properties of liquid phase and on particle size, geometry and surface properties. Fig. 2 presents the transition between trickle and pulse flow, as determined for water and 3 mm glass spheres, as a function of superficial gas and liquid velocities, at several gas densities. It is seen that the gas density exerts a strong influence on the gas and liquid velocities at which the transition takes place. At higher gas densities, the transition line shifts towards higher liquid throughputs and the operating region for trickle flow thereby becomes larger. In the gas density range between 28 and 86 kg/m3, the pulse-flow regime could no longer be observed. It is also shown that the transition conditions obtained for helium at 7.0 MPa and nitrogen at 1 .O MPa, for which the gas densities are equal since MN21MHe = 7, are the same. This demonstrates that, for a given liquid-solid system at equal gas densities, the hydrodynamic states are the same. Similar results are obtained with ethanol and aqueous 40% ethylene glycol. Furthermore, at a given gas density, the gas and liquid velocities, at which transitions take place, depend on the type of liquid and packing particles, see Wammes et al. [l I ], just as reported in literature for atmospheric conditions. Fig. 3 presents the total external liquid hold-up at flow-regime transition fit,,, for the system aqueous 40% ethylene glycol and 3 mm glass spheres, plotted against the superficial gas velocity for different gas densities. The mean thickness of the liquid film on the packing particles is proportional to the total external liquid hold-up. The diagram shows that the minimum liquid hold-up or film thickness at which the pulses are initiated, is slightly lower at higher gas densities. This decrease is roughly proportional to eg-0 . 0 5 . Comparable results for the relationship between total hold-up fit,,, and gas density were obtained for the other liquids tested. However, the magnitude of fit,,, depends on the liquid phase properties, e.g., in the case of ethanol, pulses are initiated at lower hold-ups than for aqueous 40% ethylene glycol.
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The displacement of the transition line towards higher liquid throughputs, see Fig. 2 , can be explained as follows. If the reactor operates in the pulse-flow regime near the transition and the gas density is increased, the pressure gradient increases leading to a decrease of liquid hold-up (see also sections 3.3 and 3.4). The hold-up becomes less than the minimum value at which liquid films collapse in the interstices between the particles and block the gas flow. Hence, the flow regime changes from pulse to trickle flow. In order to operate the reactor in the pulse-flow regime again, at an enhanced gas density, the film thickness or hold-up must be enlarged by increasing the liquid throughput.
Wammes et al. [l] examined the applicability of the various flow charts and model equations, as reported in literature, to the results of flow-regime transitions at enhanced gas densities. None of these models gives a good prediction of the density influence as observed in this study. For water, only the flow diagram of Talmor [12] predicts the transition at elevated pressures reasonably well. A quantitative description of the transition between trickle and pulse flow as a function of operating conditions, physical properties of the fluids and properties of the packing is not yet available. However, for a given liquid-solid system, the total liquid hold-up at flow-regime transition at elevated pressures, see Fig. 3 , can be extrapolated from atmospheric experiments or determined at atmospheric pressure by using a gas of a large molar mass. Then, the liquid hold-up has to be determined experimentally at the desired operating conditions. By comparing this hold-up with the minimum hold-up at which pulse flow starts, it can be predicted whether the reactor will operate under trickle or pulse-flow conditions.
Gas-liquid Inte$acial Area in the Trickle-flow Regime
To determine the overall conversion rate in the case of relatively fast chemical reactions, the gas-liquid mass transfer rate has to be evaluated. This rate is determined by the liquid phase mass transfer coefficient k, and the interfacial area per unit volume agl. The change in k,a,, as a function of the gas flow rate is mainly due to changes in the gas-liquid contact area, see for example Hirose et al. [13] . Literature data indicate that k, increases with the 0.3 -0.4th power of interstitial liquid velocity.
The interstitial velocity is given by:
At an increased gas density and a constant superficial liquid velocity, the mean interstitial velocity becomes higher because the hold-up decreases as will be shown in section 3.4. The k,-values determined at atmospheric pressure, and normally correlated to u,, can be extrapolated to higher pressures by correcting for the influence of the change in liquid velocity ul.
The effect of gas density on gas-liquid interfacial area ugl is more difficult to predict on the basis of literature data because the interaction between gas and liquid in the packed bed is very complex. Therefore, experiments were performed to obtain qualitative information on the gas density effect. The gas-liquid interfacial area as well as the pressure drop, determined for the system of aqueous 2M DEA and 3mm glass spheres, exhibited hysteresis. If liquid throughput is adjusted, starting from a relatively high value, the pressure drop and the contact area are larger than when the throughput is increased from a low value. Hysteresis is probably the result of poor wetting conditions on the solid surface, see Levec et al. [14] and Wammes et al. [ 2 ] .
No hysteresis was observed for the viscous amine solution, either in the flow-regime transition, or the liquid hold-up and pressure drop experiments performed with the other gas-liquid-solid systems.
The reduced interfacial areas agl/as for two amine solutions of different viscosities are approximately the same at equal superficial gas and liquid velocities and pressure. However, if a variation in liquid phase properties leads to a change in the flow behaviour, the contact area can alter considerably, see Morsi et al. [15] . Fig. 4 presents the reduced interfacial area of the viscous amine solution, plotted as a function of the superficial gas velocity at different liquid throughputs. It shows that the contact area increases with the superficial gas velocity, whereas the influence of the superficial liquid velocity is relatively small. A typical example of the gas density effect on reduced interfacial area is shown in Fig. 5 . At enhanced gas densities, the gas-liquid contact area increases, its influence being smaller than that of the gas velocity. On the basis of the penetration theory, it has been estimated, see Wammes et al. [2] , that, in the absorption experiments, the resistance of the CO, transport in the gas phase can no longer be neglected at gas densities in excess of 18 and 70 kg/m3 for aqueous and viscous DEA-solutions respectively. Under these conditions, it is not possible to determine the interfacial area from absorption experiments because of lack of data on kg for trickle flow. For high pressure operations with hydrogen or oxygen as reactants, the influence of the gas side mass transfer resistance will mostly be negligible because the solubilities of these gases are much lower than that of carbon dioxide.
Within the range of our operating conditions, the gas-liquid contact areas of both amine solutions are between 25 and 80% of the geometric packing area. According to literature, see for example Hirose et al.
[13], after transition from trickle to pulse flow, the contact area increases markedly and can even by far exceed the geometric packing area, due to the extra contribution of small gas bubbles inside the pulses. From the values of contact areas and the fact that u,,/u, is not very much affected by ug, u, and eg, we conclude that, under any conditions, the reactor operated in the trickle-flow regime. In the preceding section, we concluded that enhanced gas density increases the operating region for trickle flow. The finding that no large increase in the gas-liquid interfacial area has been observed with increasing gas density, supports the conclusion that no transition to pulse flow had occurred.
A qualitative explanation of the increase in ugl/us as being the result of increased gas velocity or density, can be found in the simultaneously decreased average liquid film thickness, which is proportional to the liquid hold-up. The geometric packing area is used more effectively in creating gas-liquid contact area when the flowing liquid film is thinner. Moreover, due to the higher shear stress at the interface, the contact area becomes more rippled. The observation that the contact area remains practically constant on increasing liquid throughput, despite the increasing average liquid film thickness, may be due to two opposing phenomena. On the one hand, the thicker liquid film is less capable of following the shape of the packing particles. On the other hand, a thicker liquid film can exhibit larger ripples at the gas-liquid interface.
Pressure Drop in the Trickle-jlow Regime
The results of the pressure drop experiments without liquid flow in a dry and a prewetted bed can be well described by the Ergun equation. Only the two constants in the equation were different for both conditions, presumably because the geometry of the friction area differs for a dry and for a prewetted bed. In the case of gas-liquid flow, it has been found that the pressure drop increases at higher superficial liquid and gas velocities and also with the density of the gas phase as shown in Fig. 6 . A commonly used approach to take the effect of liquid flow on pressure drop into account is to correct the bed porosity term E in the Ergun equation for the presence of the 1 100 Fig. 6 . Influence of gas density at different superficial gas and liquid velocities on pressure gradient for the system ethanol -3mm glass spheres. (5) draining method, the hold-up is resolved into a residual part, located around the particle contact points, and a dynamic part trickling out of the column. Under reactor operation, the liquid hold-up around the particle contact points is not completely stagnant but the transport rate of the species to and from the catalyst particle through this zone is relatively low. Hence, the effective catalyst area for mass transfer is apparently smaller than the geometric surface area. The residual liquid hold-up can be used as a first estimate of the loss in effective external catalyst surface area and thus of the loss in catalyst effectiveness. with u, representing the mean interstitial gas velocity calculated as 3.4.1 Residual Liquid Hold-up
The dimensionless two-phase friction factor A, is an empirical term which lumps all the unknown phenomena occurring at the gas-liquid interface and has to be determined experimentally.
For /3, > 0.25 and 200 < Re, < 5000, with the Reynolds number based on u, and on the hydraulic diameter for a dry packing &/a, since ugl is unknown, we established by parameter optimization that A, is independent of the liquid velocity and can be described by
This results in the following dimensionless pressure drop correlation
The mean relative error in the prediction is 12% and its standard deviation is 0.14. The influence of the liquid flow rate is taken into account by the liquid hold-up. At values of (3, < 0.25, and hence Pdyn < 0.13, the correlation underestimates the pressure gradient. This also follows from the fact that, in the limiting cases of a dry bed (3, = 0 and a prewetted bed 6, = or, the pressure gradient is well described by the Ergun equation, in which APIL is proportional to e,u:for Re, > 1500, in contrast to the description given by Eq. (8). The findings for /3, > 0.25 show more resemblance to gas flow in straight channels for which, at Re, = e,u,Rh/Vg < 500, the friction factor is proportional to Reg-' and, for 500 < Re, < 25 x lo3. proportional to This is also supported by the pressure drop correlation for trickle-flow operation, given by Rao et al. [ 
Total Externul Liquid Hold-up in the Trickle-jlow Regime
The total external liquid hold-up, i.e. the liquid hold-up in the free volume between the catalyst particles, is an important design parameter. The mean liquid phase residence time, wetting of the external catalyst surface and, as previously shown, the pressure drop across the bed are related to it. Using the The liquid remaining inside the bed around the contact points of the particles after draining is the result of the balance between capillary and gravity forces. Van Swaaij [ 181 proposed a relationship between this hold-up and the Eotvos number, EO = qlgdi/alg, which is applicable to well wettable packing particles. The residual liquid hold-up data, obtained for the liquidsolid systems as used in this study, all result in ED, = 0.06 as predicted by the relationship, except for the system aqueous DEA-solution and 3 mm glass spheres with a small amount of antifoam agent, where we found ED, = 0.03. This is probably due to poor wetting of the glass surface because the antifoam agent was adhering to the glass particles.
Dynamic Liquid Hold-up
It is known from literature that the dynamic liquid hold-up depends on several variables: the superficial gas and liquid velocities, physical properties of the liquid phase and properties of the packed bed and packing material. In Fig. 7 , the dynamic liquid hold-up has been plotted as a function of the superficial liquid velocity at various superficial gas velocities and gas densities. Without gas flow, the liquid hold-up is independent of the gas density. At low gas densities, this hold-up is hardly affected by the gas flow. At relatively higher gas densities, the gas flow reduces the hold-up considerably. On the basis of force balances around the liquid and the gas phase, see Wam-
vl. 103 (ds) mes et al. [ l l ] , it can be shown that these phenomena can be explained by means of the pressure gradient in relation to the gravity force, the two driving forces both acting on the liquid phase. The gravity force e , g is constant, whereas the pressure gradient APIL depends on gas density and gas velocity. Without gas flow, the ratio APlg,gL is zero because A P = 0.
At small ratios APIe, gL < 0.1, which is the case at low eg and u,-values, the relative contribution of the pressure drop to the total driving force is negligible and therefore the hold-up is practically unaffected by the gas flow rate. However, at higher pressure drops, say AP/e,gL > 0.25, the hold-up decreases markedly due to an increase in eg andlor ug. For the mathematical description of the dynamic liquid hold-up, good results have been obtained by using a power product of dimensionless numbers, i.e. a liquid phase Reynolds number, a
Galileo number modified by 1 + A P / e , g L and a number containing properties of the bed, see Specchia and Baldi [ 161. The influence of the gas flow rate is implicitly completely taken care of by its influence on A P , see Eq. (8). The gas-liquid surface tension did not influence the dynamic hold-up. On the basis of 220 hold-up experiments in the trickle-flow regime, the following correlation has been derived:
The dimensionless groups ranged between 2 5 Re, 5 55, 3.2 x lo3 I Gal I 0.32 x lo6 and 0 I APIg,gL I 16. The mean relative error is 8% and its standard deviation 0.1. The cases of negligible gas flow effect and of no gravity influence are both well described by this correlation. Only in the case without gas flow and over the range of Re, decreasing from 15 to 11, the exponent on the Reynolds number changes from 0.55 to 0.36, see Wammes et al. [19] .
Discussion and Conclusions
Studies on the hydrodynamic behaviour of the cocurrent gas-liquid trickle-bed reactor have mostly been performed under atmospheric conditions, whereas in the industrial practice these reactors operate at elevated pressures. In this study, several hydrodynamic aspects have been investigated at pressures of up to 7.5 MPa with nitrogen or helium as the gas phase and with various liquids. The hydrodynamic behaviour depends on the gas density and not on the gas pressure.
Under gas-liquid trickle-flow conditions, hysteresis behaviour can occur and this is probably due to imperfect wetting of the particle surface.
At high gas densities, the transition between trickle-flow and pulse-flow regimes takes place at higher liquid throughputs and therefore the operating region for trickle flow becomes larger. A prediction of the flow-regime transition on the basis of physical properties of the three-phase system and the operating conditions is at present not yet possible because the mechanisms governing the pulse initiation are not well understood.
Under trickle-flow conditions, the gas-liquid interfacial area increases only slightly at higher gas densities. As a first approximation, results on the contact area determined at atmospheric pressure can be used at higher densities, except when, due to the density increase, a transition from pulse to trickle flow takes place.
The total external liquid hold-up has been resolved into a residual and a dynamic part. The residual hold-ups for systems with good liquid-solid contacting are well described as a function of the Eotvos number as proposed by Van Swaaij [ 181. According to this relationship, the residual hold-up of packed beds, as usually encountered in catalytic trickle-flow processes, will be about EP, = 0.06. For the dynamic liquid hold-up, a dimensionless correlation, Eq. (9), has been put forward, containing the pressure drop. Moreover, a dimensionless correlation for the pressure drop, Eq. (8), has been derived, containing the liquid hold-up. By means of Eqs (6), (8) and (9) and the residual hold-up value, the total external liquid hold-up and pressure drop under trickle-flow conditions can be determined.
At the transition to pulse flow, no sudden changes in the holdup or pressure drop have been observed. The presented correlations are also capable of describing both parameters at the flowregime transition but, under stronger pulse-flow conditions, the liquid hold-up will be overestimated whereas the pressure drop will be underestimated.
It is known that, in large-scale columns, a homogeneous distribution of the phases is difficult to obtain. The local gas and liquid velocities may vary considerably, leading to coexistence of local trickle and pulse flows. In our laboratory-scale column, this did not occur. On the basis of the present work, it can be concluded that, in most cases, the commercial high pressure trickle-flow reactors operate in the trickle-flow regime, because the relatively high liquid throughputs required to generate pulse flow are outside the normally applied range. In our installation, the number of particles on the column diameter is sufficiently large for the wall effects to be negligible. Thus, we would like to express our confidence in the possibility of extrapolating our results and correlations to columns with much larger diameters. 
